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Abstract
Various processes that have been successfully developed for wastewater treatment (treatment of industrial wastes/
effluents) have been surveyed with special reference to biological treatment including design of bioreactors.
Limitations of each process, design and performance characteristics of different kinds of bioreactors developed
starting from stirred tanks to packed bed, fluidized bed, moving bed, semifluidized bed, inverse fluidized bed,
sludge bed/sludge blanket and downflow stationary fixed film bioreactors have been highlighted. Utilization of
membrane-based technology and liquid phase oxygen technology in wastewater treatment has also been
analyzed. Both aerobic and anaerobic processes have been considered and possibilities of clubbing waste
treatment with waste utilization (production of valuable products from waste streams) have also been surveyed and
scrutinized.
Keywords: Biological wastewater treatment, Stirred tank bioreactors, Moving bed and packed bed bioreactors,
Fluidized, Semifluidized and inverse fluidized biofilm reactors, DSFF and UASB bioreactors

Introduction
Biological wastewater treatment is a biochemical process
that is centuries old. Even today, as the quantity of industrial effluents discharged is on the increase and the
types of pollutants present in the effluent streams are
getting diversified, wastewater treatment processes are
being investigated and experimented exorbitantly all
over the globe. It is always desirable to couple wastewater treatment with waste utilization. In such a situation,
it becomes invariable to propose and develop renovations in effluent handling and treatment processes to improve their overall economy as well as their energy
efficiency. This paper surveys the developments in biological wastewater treatment processes and in the design
of bioreactors associated with.
Stirred tank bioreactors for aerobic waste water
treatment
Activated sludge process, which involves aerobic treatment of industrial effluents in stirred tank bioreactors, is
one among the very old industrial applications of biotechnology. Still this process is popular in spite of some
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of its inherent limitations. It is also the process that has
been subjected to the maximum number of modifications and diversifications.
The conventional activated sludge process employs an
aerobic tank which is an agitated vessel (stirred tank bioreactor) seeded with an inoculum of microbial sludge
(usually the recycled portion of active sludge). Here, suspended growth of microbes occur. Air is sparged under
high pressure from the bottom to provide sufficient dissolved oxygen in the medium. Since the volume of the
aerobic tank is usually quite large and the solubility of atmospheric oxygen in water or aqueous solutions is very
low, huge air compressors would have to be deployed to
sparge in significant amount of air so as to meet the oxygen requirement of the microbes and that of the aerobic
process. This high operating cost of air compressors forms
the major economic limitation of this process, though the
system is simple to design and install.
Apart from the oxidation of the dissolved organic matter (to carbon dioxide and water), nitrification and denitrification processes could also be conducted here.
Nitrification is accomplished in the aerobic tank itself
(simultaneously with carbon removal), during which the
dissolved ammonia in wastewater is converted to nitrates. Denitrification, being an anoxic process, is
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conducted in a separate bioreactor. During denitrification, the nitrates formed during nitrification are reduced
to nitrogen gas and thus is expelled from the bioreactor.
Since the process is anoxic in nature, this bioreactor
does not need supply of atmospheric air from outside.
As stated earlier, many modifications of activated
sludge process have been proposed by different researchers during the past. A comprehensive survey of
the same has been presented by Rao and Subramanyam
[1]. Nevertheless, all the schemes employ stirred tank
bioreactors. The conventional scheme involves two bioreactors (stirred tanks) in series, the first one being the
aerobic tank in which carbon removal (organic matter
destruction) and nitrification occur, while in the second
denitrification is performed anoxically. The effluent from
the denitrification tank is sent to a sedimentation tank
for clarification; treated water overflows and the thickened bottom sludge is partially recycled back to the aerobic tank (stirred tank – 1). The amount of microbial
sludge recycled must be optimized so as to minimize occurrence of endogenous decay of microbes, simultaneously maintaining the degree of biological oxygen
demand (BOD) removal at a higher magnitude.
The so-called Bardenpho scheme [2] is a modified
form of activated sludge process that employs four
stirred tank bioreactors in series, the first one being a
pre-denitrification bioreactor (stirred tank – 1) which is
followed by the first aerobic tank (stirred tank – 2) and
then the second denitrification bioreactor (stirred tank –
3) and finally, the second aerobic tank (stirred tank – 4).
The effluent from the last bioreactor is sent to the sedimentation tank and the separated sludge is partially
recycled to stirred tank – 1. Such a scheme operates at
high capacities, provides larger BOD removal, larger degree of denitrification and also larger phosphorus removal, but is more expensive to install, maintain and
operate.
Instead of using a single stirred tank bioreactor, it is
advisable to use a number of small size stirred tanks in
series with the total volume of the cascade remaining
the same as the single bioreactor. Such a scheme, which
invariably improves the overall performance of the bioreactor, is achieved in activated sludge process by
employing what is called as the step aeration [1, 2]. The
aerobic tank is divided into a number of compartments
and each compartment receives a separate surge of compressed air. The raw wastewater is fed to the first compartment and the partially treated water flows to the
subsequent compartments (from one compartment to
the other), the product water (treated effluent) being discharged from the last compartment. The scheme does
provide enhanced BOD destruction, though the overall
operating cost also gets elevated. Since each compartment is quite small in size (volume) and is being aerated
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separately, the performance of each could approach ideal
behavior (100% back-mixing). In a single, large volume
aerobic tank, dead zones and bypass streams could very
well be present and these disturb the degree of backmixing and adversely affect the performance of the
bioreactor.
It is further possible to use a series – parallel arrangement of stirred tanks in order to boost the performance
of the bioreactor (aerobic tank) still further [3, 4]. In this
case also, the aerobic tank is divided into a number of
compartments and each compartment receives a part of
the raw waste water (feed effluent) and is also aerated
separately. Both step feeding as well as step aeration are
thus employed here. Each compartment, except the first,
receives a portion of the fresh feed as well as the partially treated effluent from the previous compartment.
Such a scheme is well-recommended for large capacity
installations. Here also, each compartment could perform equivalent to an ideal continuous stirred tank reactor (CSTR), providing intimate contacting between the
substrate and the biocatalyst (microbial cells). The performance equation of each compartment then becomes
τ ¼ ðV =Q0 Þ ¼ ðC S0 −C Se Þ=ð−r Se Þ

ð1Þ

If the bioconversion (BOD destruction) follows
Monod-type kinetics and the occurrence of endogenous
decay (though minimal) is taken care of, then
ð−r Se Þ ¼ ½ðμm =Y e ÞC Se xe =ðK S þ C Se Þ−ðk d xe Þ

ð2Þ

The performance equation (Eq. 1) then becomes
τ ¼ ðC S0 −C Se ÞðK S þ C Se Þ= F ðC S ; xÞ

ð3Þ

where
F ðC S ; xÞ ¼ ðμm =Y e ÞðC Se xe Þ−ðK S þ C Se Þðk d xe Þ

ð4Þ

Ye = true yield coefficient, mg mg−1.
kd = endogenous decay coefficient, s−1
Though in many cases of aerobic wastewater treatment, Monod-type kinetic equation has been observed
to be more or less satisfactory, alternate kinetic models
are not rare. For the aerobic synthesis of Xanthan gum
from dairy wastes (for example, cheese whey) using a
culture of Xanthomonas campestris, Zabot al [5]. report
that the process follows Contois type kinetic equation:
ð−r S Þ ¼ ðμm =Y ÞðC S xÞ=ðK C x þ C S Þ

ð5Þ

where KC = Contois kinetic constant
Y = overall yield coefficient for cell mass production,
mg mg−1
As stated earlier, the most serious bottleneck associated with aerobic processes employing stirred tank
bioreactors is the high operating cost of the air compressors. A good solution to this bottleneck is the
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deployment of Liquid Phase Oxygen (LPO) technology
[3, 6]. A good number of case studies in this connection
have been reported in literature (discussed subsequently
in this paper). LPO technology involves addition of a calculated amount of hydrogen peroxide into the feed
water prior to admitting into the bioreactor. This hydrogen peroxide releases nascent oxygen in solution which,
being extremely reactive, meets the entire oxygen requirement of the microbes and that of the process. As a
result, no atmospheric air shall be required to be supplied from outside and this eliminates the entire operating cost of huge air compressors. The diffusional
resistance encountered during the dissolution of gaseous
oxygen into the aqueous substrate becomes absent and
no vigorous agitation of the substrate shall be required.
The bioreactor operates essentially in the liquid phase
and the two phase (gas-liquid) nature of reactor operation gets eliminated. The kinetics of microbial growth
and substrate utilization gets modified since the specific
growth constant (μ) becomes a function of the concentration of hydrogen peroxide in solution (CN) as well:
μ ¼ ½ðμm C S Þ=ðK S þ C S Þ½K N =ðK N þ C N Þ

ð6Þ

where KN = LPO utilization coefficient, g L−1
The enormously high reactivity of nascent oxygen itself forms the most important safeguard with respect to
LPO utilization. Hydrogen peroxide is to be added precisely as per the very calculated amount and any excess
(even marginal) could destroy the microbial cells themselves. This explains why the commercial adaptation of
LPO technology is fairly slow. The H2O2 requirement,
nevertheless, is small (5–7 M).
It is possible (and is often advisable) to couple Membrane Based Technology with activated sludge process.
The wastewater, after pretreatments (such as lime
addition, coagulation, filtration and clarification), be fed
to a reverse osmosis (RO) unit, from where reusable
water is collected as the permeate. The RO concentrate
is further subjected to biological treatment in the aerobic
tank and denitrification bioreactor. Smith [7] has reported a successful case study in this regard and has
demonstrated that the BOD removal, phosphorus removal and nitrogen removal can be adequately enhanced
by coupling RO with the aerobic process. An economic
analysis of such a scheme has been reported by Narayanan [8]. The operating pressure of the RO unit (the
transmembrane pressure difference that is required to
be maintained) and the useful life span of the polymeric
membrane are the major considerations that affect the
overall economy of RO system. Chances of membrane
clogging and fouling are the additional headaches. Narayanan [8] reported that two-thirds of the wastewater
could be recovered in the RO unit and the rest one-third
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of the total waste be subjected to biological treatment
and in that case, the overall cost of production of treated
water could go down to three- fourths of the conventional scheme. This is after including the cost of membrane replacement. Based on their laboratory studies,
Thakura et al. [9] have demonstrated that deployment of
a forward osmosisunit in the upstream and a nanofiltration unit in the downstream would help in attaining high
degree of chemical oxygen demand (COD) removal
(more than 97%) from pharmaceutical wastewaters. The
overall economy of the proposal is, nevertheless, to be
analyzed keeping in mind the high operating cost of the
nanofilters and the large quantity of wastewater that is
required to be handled in industrial practices.

Stirred tank bioreactors for anaerobic waste
treatment
As in the case of aerobic treatment of wastes, stirred
tank bioreactors are the earliest and still one among the
popular ones employed for anaerobic treatment of industrial, domestic and municipal wastes. Large capacity
(large holdup) and ease of installation are the chief reasons for such a choice. Anaerobic biological treatment
of wastes/effluents, particularly when carried out using a
complex culture of acidogenic, acetogenic and methanogenic microbes, has the additional advantage that the organic matter is not simply destroyed, but converted into
valuable products such as biogas (which is a mixture of
principally methane and carbon dioxide). The anaerobic
digested sludge could be directly used as a low grade nitrogenous biofertiliser or could be used for the manufacture of phosphatic biofertilizer (called Phosphate Rich
Organic Manure) through biochemical pathway [10, 11].
The process of anaerobic digestion is however relatively
slower. Also, the methanogenic microbes, being obligate
in nature, are quite sensitive to the operating temperature
and pH of the medium, the optimum values being pH =
7.0 and T = 330–35 °C.
Anaerobic digestion could be performed at high
temperature (55–65 °C) using thermophilic microbes as
well. This helps in destroying the pathogens at a faster
rate, but there shall be additional cost of installation of
heating pipes and supply of heat from outside. The cost
of extra energy input often tends to compensate the
benefit of faster pathogen kill and increased methane
production. Also, thermophilic microbes are relatively
slower growing bacteria as compared to mesophilic. Unless waste heat is available such as in Combined Heat
and Power systems, thermophilic treatment of wastes
shall not be an attractive or beneficial proposition. A
thermophilic pretreatment may, however, be given to
the feed slurry in case pathogen destruction is of serious
concern [3, 12].
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Most of the studies reported in literature on anaerobic
digestion using mesophilic microbes, are those dealing
with the use of alternate, multiple substrates [13–18].
Most of them have employed laboratory stirred tanks
(chemostats) for conducting the experiments and practically all of them deal with suspended growth of microbes. Though these investigations do demonstrate the
feasibility of biogas generation using anaerobic digestion
of different substrates (single/multiple), the actual performance characteristics of industrial bioreactors in this
connection have not been highlighted.
Momoh and Nwaogazie [13] have reported increased
biogas yield when waste paper is co-digested with water
hyacinth and cow dung. Samson and LeDuy [14] have
demonstrated that addition of microalgae (algal mass)
increases the rate of anaerobic digestion of domestic
sewage sludge, peat hydrolysate and spent sulfite liquor
and leads to higher biogas yield. Anaerobic co-digestion
of microalgae with waste paper has been investigated by
Yen and Brune [15] and with waste activated sludge
(WAS) by Costa et al. [16] and Yuan et al. [17]. Studies
on co-digestion of microalgae with municipal food waste
are reported by Krustok al [18]. and those with sewage
sludge by Olsson et al. [19]. In all the cases, addition of
algal mass has been found to be beneficial in boosting
the rate of digestion and the yield of biogas. Ajeej et al.
[20–22] report that anaerobic co-digestion of multiple
substrates such as sewage sludge and waste paper with
waste grown algae provides significantly larger biogas
yield. When used as a single substrate, sewage sludge,
waste paper and algal mass provided an average biogas
production of 120, 275 and 200 mL d− 1 respectively, but
when co-digestion of all the three substrates was performed, the biogas yield increased to 550 to 600 mL d− 1.
Reported kinetic studies on anaerobic digestion [12,
23] have indicated that substrate inhibition to microbial
growth is not unlikely in these processes, particularly
when conducted in stirred tank bioreactors. Accordingly,
a Haldane-Andrews type kinetic equation has been
found to be most applicable here:
ð−r S Þ ¼ ðμ=Y Þ x

ð7Þ

where


μ ¼ ðμm C S Þ= K S þ C S þ C 2S =K Si

ð8Þ

KSi = substrate inhibition coefficient, g L−1
Endogenous decay of microbes is little reported in
these processes. Most probable reason is that the sludge
is continuously discharged from the bioreactor almost at
the same rate at which the fresh feed is admitted and recycle of microbial sludge is little practiced in these
systems.
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Graef and Andrews [23] have presented a detailed
parametric analysis of the performance of anaerobic
stirred tank bioreactor. They have however assumed the
bioreactor to be equivalent to an ideal CSTR that receives a sterile feed. Accordingly,
τ ¼ ð1=μÞ

ð9Þ

Though the process involves a complex culture of microbes (hydrolytic microbes, acidogens, acetogens,
methanogens), the last step of conversion of acetic acid
(or acetates) to methane and carbon dioxide (catalyzed
by methanogens) is reported to be the slowest and
thereby the rate controlling step [23]. As a result, acetic
acid is considered as the limiting reactant and the kinetic
equation (Eq. (8)) is expressed in terms of the concentration of unionized acetic acid in solution, CA. Thus,


μ ¼ ðμm C A Þ= K S þ C A þ C 2A =K Si
ð10Þ
Based on the ionization constant (Ka) of acetic acid
and the equilibrium constant (K1) for carbon dioxide
dissolution in the aqueous slurry (only CO2 dissolves in
the aqueous phase, all the methane produced gets transferred to the gas phase),


C A ¼ K 1 C gL C Se =½K a ðC N0 −C Se Þ
ð11Þ
where CSe = total concentration of acetic acid in solution
(free acid plus acetate)
CgL = concentration of carbon dioxide in solution
CN0 = concentration of ammonia in solution (assumed
to be more or less constant)
The net rate of production of carbon dioxide in solution (RC) shall be the difference between the rate of production of CO2 by microbial activity and the rate at
which CO2 gas is being transferred to the gas space.
Then, since τ = (CgL/RC),
h

i
ð12Þ
τ ¼ C gL = Y C ðμxe Þ−ðk L aÞ C gL −C gL



¼ C gL = Y C ðxe =τ Þ−ðk L aÞ C gL −He pC

ð13Þ

where YC = yield coefficient for the production of
CO2, mol mol−1
kL = liquid phase mass transfer coefficient, m s−1
a = specific interfacial area for mass transfer, m2 m−3
He = Henry’s law constant, mole L−1 kPa−1
pC = partial pressure of carbon dioxide in the gas
space, kPa
If Q is the rate of production of biogas (in m3 s−1) and
if Cg is the molar concentration of CO2 in the gas space
(Cg = pC/RT),


ð14Þ
Q ðpC =RT Þ ¼ ðk L aÞ C gL −He pC V
Also,

Narayanan and Narayan Sustainable Environment Research



Qρg ¼ QðP=RT Þ




¼ ðk L aÞ C gL −He pC þ Y m ðμxe Þ V

(2019) 29:33

ð15Þ

where Ym = yield coefficient for the production of methane, mol mol−1
ρg = molar density of biogas, mol m−3
Clubbing the above two equations together, we get


ð16Þ
ðY m xe =τ Þ½pC =ðP−pC Þ ¼ ðk L aÞ C gL −He pC
The gas mixture (biogas) has been assumed to be following ideal gas behavior and the dissolution of CO2 in
liquid, Henry’s law. The above Eqs. (9), (10), (12) and
(15) are solved simultaneously to estimate τ and thereby
the volume of bioreactor (V) required to affect the desired degree of BOD or VS destruction. In spite of the
simplifying assumptions involved, the above model proposed by Graef and Andrews [23] does predict reliable
results in specific number of cases.
Agitation of the substrate slurry is one of the operational problems encountered in stirred tank bioreactors.
Introduction of mechanical impeller is problematic since
this could cause leakage of atmospheric air into the bioreactor and escape of biogas produced. One of the earliest practices such as dividing the bioreactor into two
compartments using a submerged partition does help on
occasions. The feed slurry flows down into the first compartment, flows over the partition, enters into the second compartment and finally flows out as digested
sludge into the outlet tank (sludge tank). This tortuous
transit of the substrate slurry induces turbulence and
mixing within the slurry. When a floating gas holder is
used, its longitudinal movement also induces a degree of
agitation into the substrate [24, 25].
An alternative proposed in this connection is partial
recirculation of biogas into the bioreactor after enrichment. Bubbling of raw biogas through the substrate
slurry, though creates a large degree of agitation, shall
not be desirable since this would promote dissolution of
CO2 in the aqueous slurry and thereby lower the pH of
the medium and this could adversely affect the activity
of methanogenic microbes. The biogas must be therefore
first enriched, in a sense that its CO2 content must be
reduced to a minimum and thereafter, a part of it could
be bubbled through the substrate under pressure to induce agitation and turbulence. CO2 content of biogas
can be removed efficiently by absorbing in aqueous
monoethanolamine (MEA) solution in countercurrent
packed towers [26]. Aqueous MEA not only absorbs
CO2, but also reacts with it (chemisorption). Consequently, the rate of absorption is quite large and Narayanan and Bhattacharya [26] have reported that more than
98% of CO2 removal is possible within a packed height
of 1.5 m in a 0.5 m diameter countercurrent packed
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tower. The rich MEA solution containing the dissolved
CO2 is sent to a desorption tower (steam stripper) where
the absorbed CO2 is stripped off by passing high pressure
steam. The resulting lean MEA solution containing very
little dissolved CO2 is recycled back to the top of the absorption tower. Such a scheme shall be acceptable in high
capacity installations (in commercial biogas plants).
Enrichment of biogas is desirable (in fact, essential)
when the same is being used for large scale, commercial
applications. Once converted to more or less pure methane, it can be used in automobiles as a substitute to
compressed natural gas or liquefied natural gas. It could
be used as a furnace fuel and also for the manufacture of
synthesis gas (by steam-hydrocarbon reaction). Once
syngas is produced, a host of chemicals including fertilizers could be synthesized. Synthesis of liquid fuels (by
the reputed Fischer Tropsch Synthesis) is another option
[26, 27].
When being used on commercial scale, hydrogen sulfide is another possible contaminant in biogas which
raises serious concern. Even if present at low concentrations, H2S could cause serious corrosion problems in automobiles, boilers, furnaces, etc. and also could
contaminate the syngas produced. Since the H2S concentration is quite small, its removal in absorption
towers shall not be efficient neither economical. A biochemical pathway [10, 28] has been recommended in
this connection. The process employs two reactors, reactor 1 being a chemical reactor, while reactor 2 an aerobic bioreactor. In reactor 1, the biogas containing H2S
is bubbled through ferric sulfate solution, wherein H2S is
oxidized to elemental sulfur (colloidal sulfur), while ferric sulfate is reduced to ferrous sulfate and sulfuric acid.
The precipitated sulfur is separated by filtration and the
acidified solution of ferrous sulfate is fed to the second
reactor (aerobic bioreactor). Here, in the presence of a
recombinant microbial culture of Thiobacillus ferrooxidant, ferrous sulfate is oxidized back to ferric sulfate and
it is then recycled back to reactor 1. The process is reported to be efficient even if H2S concentration in biogas
is low. It has the additional advantages such as both reactors operate at ordinary temperature and pressure, no
valuable chemical is consumed and does not demand
any chemical catalyst.

Packed bed biofilm reactors for wastewater
treatment
Biofilm reactors employ attached growth of microbes.
They are multiphase reactors dealing with heterogeneous systems. These bioreactors employ support particles (with an exception of down-flow stationary fixed
film (DSFF) bioreactors, discussed subsequently) such as
silica granules, polymer beads, activated carbon particles,
etc. Each particle is surrounded by microbial cells
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forming a thin biofilm. These particle-biofilm aggregates
form the discrete phase in these bioreactors. If dP is the
diameter of the support particle and δ is the thickness of
the biofilm surrounding it, then the diameter of each aggregate (dPm) shall be
d Pm ¼ ðd P þ 2δ Þ

ð17Þ

The density ( ρSm) of each aggregate shall be
ρSm ¼ f ρm þ ð1− f Þ ρS

ð18Þ

where f= volume fraction of biofilm in aggregate
¼ 1−ðd P =d Pm Þ3

ð19Þ

ρS, ρm = density of support particle and that of microbial cells, respectively
Microbial cells do grow and multiply within the biofilm, but when the thickness of the biofilm increases beyond a certain value (usually, δ = 0.3–0.5 mm), the film
gets detached from the particle surface and falls out
(called sloughing) to be replaced by fresh cells and
henceforth, the biofilm thickness remains more or less
constant throughout the operation of the bioreactor.
Also, as cells undergo death or decay, the dead cells fall
out from the film and they are also fast replaced by fresh
living cells. The cell mass concentration in the biofilm
(xf) also thus remains more or less constant due to this.
Since the volume of the biofilm is quite low, the magnitude of xf shall be significantly high and this helps in
attaining high rate of bioconversion. Since neither the
unconverted substrate nor the product formed tends to
accumulate in the biofilm, both substrate inhibition and
product inhibition to microbial growth shall be at a very
low degree in these bioreactors. Bioconversion occurs
predominantly in the biofilm, very little in the fluid bulk.
Since the system is multiphase and heterogeneous,
additional substrate diffusional resistance comes into
play which is accounted for by the effectiveness factor
(η). The actual rate of bioconversion (the global rate)
shall be then equal to the product of the intrinsic rate
and the effectiveness factor:
ð−r S Þ ¼ η ð−r S Þð int Þ

ð20Þ

Typically, the magnitude of η ranges from 0.60 to 0.90.
Since η is a complex function of the effective dimension
of particle-biofilm aggregate (L∗), the effective diffusivity
(De) of substrate into the biofilm and the kinetic constants governing the intrinsic rate of bioconversion,
many researchers tend to neglect its influence and assume η = 1.0, thereby inducing lot of approximation into
the analysis/design procedure. If the bioconversion intrinsically follows Monod-type kinetics, then an estimate
of η could be made as [12],
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η ¼ a− tanhð∅Þ b coth ηd −1 =∅

ð21Þ

where
ηd ¼

pﬃﬃﬃ 
pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
2=∅ ðð1 þ βÞ=βÞ β− ln ð1 þ βÞ

β ¼ ðC SP =K S Þ

ð23Þ

∅= Thiele-type modulus
qﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
¼ L μm ðappÞ=ðDe K S Þ
L∗=characteristic
dimension
aggregate

 

¼ d 3Pm −d 3P = 6d 2Pm

ð22Þ

ð24Þ
of

a ¼ 1; b ¼ ηd ; if ηd ≤ 1
a ¼ ηd ; b ¼ 1; if ηd ≥ 1
μm ðappÞ ¼ ðμm =Y Þx f f ð1−ϵP Þ=ϵPL


ϵP ¼ ϵPL þ ϵPg
¼ total voidage of the packed bed

particle-biofilm
ð25Þ
ð26Þ

ð27Þ

ϵPL, ϵPg = fractional liquid holdup and fractional gas
holdup respectively in the packed bed
Studies have however indicated that the above semiempirical correlation often predicts distinctly larger
values of η, thereby leading to occasional overestimation of bioreactor performance [3]. A modified
correlation proposed by Gottifredi and Gonzo [29] is reportedly more dependable:
h

2

2 i
ð1=ηÞ2 ¼ 1=ηd þ exp ∅b − 1=ηd
ð28Þ
where
∅b ¼ 6∅2 = 5ð1 þ βÞ2

ð29Þ

For all alternate kinetic models (Haldane-Andrews
model, Contois model and the like), the value of η may
be computed from the generalized relationship (definition) as given below (the integral being evaluated
numerically):
η ¼ ð½3∅= tanhð3∅Þ−1Þ=3∅2

ð30Þ

where
∅ ¼ L ð−r S Þð int Þ=½2De I 1=2
Z C SP
I¼
ð−r S Þð int ÞdC S

ð31Þ
ð32Þ

0

Biofilm reactors are characterized by the mode of
handling the particle-biofilm aggregates. One of the simplest (and earliest) means of handling these aggregates is
in the form of a packed (fixed) bed. An example is the
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trickle bed biofilm reactor, which are one among the
oldest processes used for aerobic wastewater treatment
(as old as activated sludge process). This bioreactor employs downflow of feed water (under gravity) through
the bed of particle-biofilm aggregates. Consequently, its
operating cost is low. However, since the feed water is
being made to trickle down the bed at low velocities, the
capacity of the reactor also is low unless constructed in
large diameters. The reactor is kept open so that atmospheric air could diffuse into the substrate solution and
no air compressors are used. However, when valuable
products are to be recovered from industrial wastes
through aerobic biological processes, for example for the
synthesis of Xanthan gum from dairy wastes (cheese
whey), more or less sterile air would have to be supplied
and in such cases, the bioreactor cannot be kept open
and compressed sterile air would have to be sparged
from the bottom.
Trickle bed bioreactors that are employed for aerobic
wastewater treatment have been designed mainly based
on experimental test data [30]. Such an approach, apart
from being too empirical, diminishes the versatility of
the reactor. Narayanan [31] has reported design and
analysis of these bioreactors by assuming them to be
equivalent to plug flow reactors. Such an assumption
does induce a degree of approximation. A more accurate
approach would be to model the bioreactor as equivalent
to a plug flow dispersion reactor (PFDR) with a given
value of axial dispersion coefficient [3, 32] and then
solve the governing performance equation numerically.
For example, based on the PFDR approach,


−U L ðdC S =dzÞ þ DLP d 2 C S =dz2
ð33Þ
¼ η ð−r S Þð int Þ
where DLP = axial dispersion coefficient
U L ¼ U ð supÞ=ϵPL

ð34Þ

Upflow anaerobic packed bed biofilm reactors can also
be analyzed in a similar way. When there is gas evolution during the process, it becomes a three phase system
and the three phase nature of the bioreactor would have
to be adequately taken care of. In many cases, the gas is
assumed to be executing dispersed flow in the form of
very tiny bubbles and thus does not disturb the diffusion
of substrate into the biofilm. The fractional gas holdup
and fractional liquid holdup in the bed are nevertheless
to be estimated separately from available experimental
correlations [33–36].

Moving bed biofilm reactors (biofilm slurry
reactors) for wastewater treatment
The terminology “moving bed biofilm reactors”, commonly employed in association with wastewater treatment,
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is, in fact, a misnomer. It is not a column reactor (like a
circulating fluidized bed or a column reactor in which the
particles and the fluid move counter-currently) and it does
not contain a particle bed. It is a stirred tank bioreactor
which is fed with the particle-biofilm aggregates and these
aggregates remain suspended in the substrate solution
(wastewater) present in the stirred tank. In the aerobic
process, the compressed air that is sparged under pressure
from below keeps these aggregates in suspension. Due to
the agitation provided by the air stream, these aggregates
tend to move within the liquid bulk and that is why the
term moving bed biofilm reactors has been assigned to
these systems. However, it would be more appropriate to
call them as “biofilm slurry reactors”.
The system is heterogeneous, multiphase and the microbes undergo attached growth. There is no need of recycle of sludge, since the microbial cells remain attached
to the support particles and do not leave the bioreactor.
These bioreactors are best operated batch-wise, though
continuous operation is not unusual. In the continuous
mode of operation, the product solution with suspended
particle-biofilm aggregates leaves the bioreactor and in
that case, these aggregates would have to be separated
(in a settling tank) and recycled back to the stirred tank.
The degree of bioconversion (BOD removal) attained
shall be higher since, as stated earlier, the biomass concentration in the biofilm shall be substantially high,
though there shall be added resistance to substrate
transfer into the biofilm (taken care of by the effectiveness factor, η).
Both the aerobic tank and the denitrification bioreactor of activated sludge process could be operated as
moving bed biofilm reactors. Based on an ideal CSTR assumption, the performance equation (Eq. (3)) of the bioreactor is modified as:
τ ¼ ðC S0 −C Se ÞðK S þ C Se Þ=½μm ðappÞC Se 

ð35Þ

where
μm ðappÞ ¼ η ðμm =Y Þx f f ð1−ϵÞ=ϵ

ð36Þ

(1 − ϵ) = volume fraction of particle-biofilm aggregates
in suspension
Reported studies [37, 38], though on laboratory scale,
have demonstrated that more than 90% COD removal
and more than 95% dephenolization are possible using
these bioreactors of relatively lower size (as compared to
those employed in activated sludge process) and they
have also been found to be suitable for anaerobic and
anoxic operations [38, 39]. There is a comparative reduction in operating cost, though at large capacities,
they do not compare favorably with column reactors.
Also, when the degree of agitation is large, the biofilm
tends to get detached from the particle surface.
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Use of biological flocs in stirred tank bioreactors is another option. Microbial cells do have a tendency to flocculate and thereby form flocs or aggregates. This
tendency has been observed to be significant with filamentous and floc forming bacteria. The process is slow
and it could take days or even weeks to form flocs of appreciable sizes (close to 1 mm). These flocs are not to be
confused with sludge granules (discussed subsequently
in this paper). Apart from the long time period required
for the formation of sizeable flocs, the overall stability of
these flocs is another parameter of concern. Vigorous
agitation of the substrate slurry often tends to disintegrate the flocs and this disturbs the overall operational
stability of the bioreactor.
It is also possible to immobilize microbial cells in porous
carriers and then use in stirred tanks. Such carriers are
relatively more stable and in the immobilized state, microbes exhibit improved activity. They also possess reasonably large life span and large scale deactivation of
microbes within these carriers has been observed to be absent. Scope for future research is quite bright in this area.

Fluidized bed biofilm reactors for treatment of
industrial wastes/effluents
For large capacity installations, fluidized bed biofilm reactors are more recommended, since these bioreactors
can be operated at much higher fluid velocities/flow
rates [40]. The effluent from industries is admitted from
the bottom of the column at a velocity much higher than
the minimum fluidization velocity, but lower than the
terminal free settling velocity of each particle-biofilm aggregate. Consequently, all aggregates remain suspended
(fluidized) in the ascending stream of substrate solution.
Since each aggregate is fully surrounded by the substrate
(there is no channeling), the contacting between the two
is more intimate and this improves the bioreactor performance. Also, as the bed expands (the expanded bed
height, Lf, being decided by the operating fluid flow rate
employed), the total active volume of the reactor also increases. Another interesting feature regarding these bioreactors is that once the bed is fully fluidized, the
pressure drop across the bed remains more or less constant and does not increase with increase in fluid flow
rate. Accordingly, the operating cost of the bioreactor
also does not change materially with increase in feed
flow rate.
Aerobic wastewater treatment in three phase fluidized
bed biofilm reactors has been investigated by Narayanan
and Biswas [41]. Their study involves a rigorous mathematical modeling and simulation of bioreactor performance
and subsequent validation of the simulation results by
comparing with elaborate experimental data collected on
laboratory scale as well as on pilot plant scale. The deviation between the model results and the experimental data
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was less than 10% (which ascertains the accuracy of the
software package developed). The simulation package has
been developed based on the PFDR approach. The performance equation is thus similar to Eq. (33), except that
DLP is to be replaced by DLf (axial dispersion coefficient in
fluidized bed which is of higher magnitude than DLP)
and ϵPL by ϵfL. Also, Eq. (26) gets modified to


μm ðappÞ ¼ ðμm =Y Þx f f 1−ϵ f =ϵfL

ð37Þ

where ϵf = total voidage of the fluidized bed (total fractional fluid holdup in the bed)
ϵfL = fractional liquid holdup in the bed
The performance equation is solved numerically using
a specially developed numerical algorithm, NUMCM.
The operating/system parameters associated with three
phase fluidized beds such as minimum fluidization velocity of liquid (ULmf), fractional gas holdup (ϵfg) and
fractional liquid holdup (ϵfL) are estimated from selected
experimental correlations reported in literature [42–45].
The air that is admitted from the bottom is assumed to
execute dispersed flow. The specific case studies conducted are BOD destruction in pharmaceutical wastewater (follows Monod-type kinetics) and dephenolization
of coke oven wastewater (follows Haldane-Andrews kinetics). It is reported that more than 85% BOD destruction is attained in a 3.3 m column reactor (D = 0.5 m) at
a feed flow rate of 36,000 L h−1and more than 80%
dephenolization of coke oven wastewater in a 6.0 m column at the same feed flow rate.
Mowla and Ahmadi [46] have reported mathematical
analysis (coupled with experimental data) of wastewater
treatment in a three phase fluidized biofilm reactor. They
have, however, assumed first order kinetics for biodegradation and consequently, could obtain an analytical solution to the performance equation. This, by itself, forms
the serious limitation of their work and the results reported can be applied only to those specific cases where
first order kinetics could be assumed for bioconversion.
Laboratory studies on fluidized bed bioreactors have
been reported by many authors. For example, Gonzalez
et al. [47, 48] have studied dephenolization of wastewater in a laboratory fluidized column composed of immobilized Pseudomonas cells, while Deckwer et al. [49]
report laboratory investigations on microbial mercury
removal in a three phase fluidized bed. The results reported by these authors are encouraging. Further investigations on pilot plant scale-up leading to design of
industrial bioreactors shall b certainly worthwhile.
Studies on lactic acid production (anaerobic) from
dairy waste (cheese whey) and sugar mill effluent (molasses) in a fluidized bed biofilm reactor using Lactobacillus helveticus culture for the former and Enterococcus
faecalis culture for the latter have been presented by
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Narayanan [50, 51]. Cheese whey is first subjected to
ultrafiltration to separate all proteins and the lactose
content of the permeate is fermented to lactic acid in
the biofilm reactor. In the case of molasses, its sucrose
content (< 150 g L− 1) is converted to lactic acid in the
fluidized bed biofilm reactor. The reactor operates in
two phase (liquid-solid) and particulate fluidization is
made to occur in the system. Here also, the performance
characteristics of the bioreactor have been substantiated
both mathematically (through a rigorous software package) and experimentally (through pilot plant tests). Since
it is a two phase system,
ϵ f ¼ ϵfL

ð38Þ

The minimum fluidization velocity (Umf) of the feed solution is estimated from Wen and Yu’s correlation [52]
and a reasonable estimate of ϵfL can be obtained from the
correlation proposed by Richardson and Zaki [53] or the
modified form proposed by Garside and Al-Dibouni [54].
More than 77% of lactose present in whey and more than
82% of sucrose in molasses are converted to lactic acid
within a bioreactor of diameter 0.5 m, Lf = 3.0 m and operating at fluid flow rates exceeding 7500 L h− 1. It is to be
noted that lactic acid is the starting material (monomer)
for the synthesis of the popular bioplastic, Poly Laevo
Lactic Acid (PLLA). The above study thus successfully
demonstrates that lactic acid and thereby the PLLA bioplastic can be economically manufactured on commercial
scale starting from waste effluents (the cost of raw material being thus practically nil).
Attempts have also been made to propose improved
design of fluidized bed biofilm reactors. For example,
Narayanan et al. [55] have successfully illustrated
utilization of a diverging- converging fluidized bed biofilm reactor for the synthesis of lactic acid from cheese
whey and molasses using the microbial cultures mentioned above and have reported that a bioreactor of such
a design provides 20–25% higher conversion of lactose/
sucrose at the same feed flow rate, as compared to a
conventional fluidized bed biofilm reactor of cylindrical
geometry and of same volume per unit length. At the
same time, the overall pressure drop and thereby the operating cost of the bioreactor is increased only marginally. The reactor column is composed of a number of
segments, each segment being made up of two cone
frustums joined base to base. If D1 is the minimum
diameter, D2 the maximum diameter and LS the length
of each segment, then the angle of convergence/divergence (θ) is predicted by
tanðθÞ ¼ ðD2 −D1 Þ=LS

ð39Þ

Narayanan et al. [55] have maintained θ close to 50
(tan(θ) = 1/12) which is the optimum choice. The axial
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dispersion coefficient (DL) is observed to be of lower degree in columns of this geometry [56] and that is the
principal reason for their augmented performance. The
fabrication cost of such bioreactors shall be invariably
higher and this is to be compensated against the enhanced performance efficiency provided by them (without sacrificing much on the operating cost).
Performance characteristics of aerobic fluidized bed
bioreactors that employ LPO utilization have been analyzed both mathematically and experimentally by Narayanan [57]. Both fluidized bed biofilm reactors and
immobilized cell fluidized bed bioreactors have been
considered. Due to the use of LPO, they become more
or less two phase systems. The results from the numerical algorithm (employed for solving the performance
equations) and pilot plant data were observed to agree
with less than ±15% deviation. Aerobic treatment of
wastewater from fertilizer plants and pulp and paper industries are the specific cases considered.

Semifluidized bed biofilm reactors for treatment
of industrial wastes/effluents
Semifluidized bed biofilm reactors are relatively newer
entries to the field of waste water treatment. Semifluidization technology has distinct advantages over conventional fluidized beds, though they demand higher
operating cost.
The operating liquid velocity or flow rate used in
semifluidized bed bioreactors is higher than that
employed in conventional fluidized bed bioreactors and
as a result, these reactors operate at higher capacities.
The bed is fully fluidized, but due to the presence of the
top restraint (that is fixed at a height LSf meters from
the bottom liquid distributor), all those particle-biofilm
aggregates that reach this restraint accumulate below it
forming a packed bed of height LP there. The rest of the
column remains fully fluidized such that the height of
the fluidized section (Lf) would be


L f ¼ LSf −LP

ð40Þ

If LS is the initial height of the static bed (prior to
fluidization), then the ratio (LSf/LS) is called the bed expansion ratio (R) . One of the popular choices is, R = 2.0.
To note that both LP and Lf are hydrodynamic parameters
and their magnitudes depend on the operating liquid velocity employed. Schematic of a typical three phase semifluidized bed biofilm reactor is shown in Fig. 1.
Studies on aerobic treatment of industrial effluents for
BOD removal and biodegradation of o-cresol in three
phase semifluidized bed bioreactors have been presented
by Narayanan and Biswas [58]. The performance of the
bioreactor has been simulated mathematically by assuming it to be equivalent to two PFDRs in series, PFDR – 1
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Fig. 1 Schematic of three phase semifluidized bed biofilm reactor

representing the fluidized section and PFDR – 2 the
packed section of the bioreactor. Accordingly, the performance equation (Eq. (33)) is written separately for the
two sections and then solved successively using the numerical algorithm, NUMCM. The results from the software package are well-substantiated using pilot plant
test data. Kinetic models considered are Monod-type
(for BOD destruction in pulp and paper effluent) and
Haldane-Andrews kinetic model for o-cresol degradation. The controlling operating parameters such as the
minimum semifluidization liquid velocity, height ratio of
packed and fluidized sections (LP / Lf), fractional fluid
holdups in each section (ϵfL, ϵfg, ϵPL , ϵPg) are estimated
from selected experimental correlations available in
literature [59–61].
It has been demonstrated that high performance efficiency (more than 80% BOD destruction/o-cresol removal)
is attained within a low reactor volume (D = 0.5 m, LSf =
1.2 m) at high capacities (as high as 82,000 L h− 1). Another
interesting feature reported is that in these bioreactors, the
fractional substrate conversion (α) increases with increase
in feed flow rate. This attractive characteristic (appears

anomalous) is due to the fact that as the flow rate of substrate solution increases, more number of particle-biofilm
aggregates are transported to the top packed section and
consequently, its height (LP) increases, while that of the
fluidized section (Lf) decreases proportionally. A rearrangement of reaction zones thus occurs within the reactor column. Since it has been established [51, 58] that the
major share of bioconversion is affected in the packed section (where close to plug flow of substrate solution exists),
an increase in LP causes increase in fractional conversion of
substrate. This, in fact, is an exclusive characteristic exhibited only by the semifluidized bed bioreactors.
Xanthan gum synthesis from dairy waste (cheese
whey) using aerobic microbes such as X. Campestris in
three phase semifluidized bed biofilm reactors has been
reported by Narayanan [62]. Based on mathematical analysis (software development) and subsequent experimental verification (pilot plant tests), it is demonstrated that
more than 90% conversion of lactose (present in cheese
whey) to Xanthan gum is possible at feed flow rates exceeding 1700 L min− 1, the reactor volume requirement
being quite low (D = 0.5 m, LSf = 1.0 m). As observed by
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Narayanan and Biswas [58], in this case also, the yield of
Xanthan gum was seen to be increasing with increase in
reactor capacity.
Commercial synthesis of lactic acid from cheese whey permeate and molasses (sugar mill effluent) in two phase semifluidized bed bioreactors has also been reported [51, 63].
Through mathematical analysis as well as experimental
study, the authors have illustrated that more than 80% lactose conversion and more than 85% sucrose conversion to
lactic acid could be achieved in a bioreactor with LSf = 1.2 m
and D = 0.5 m, at feed flow rates ranging from 78,000 to 79,
000 L h− 1, the fractional substrate conversion attained increasing with increase in substrate flow rate.
Aerobic treatment of distillery and petrochemical
wastewater in semifluidized bed biofilm reactor that employs LPO technology has been investigated by Narayanan [64]. The operation of the bioreactor is more steady
and it is observed to provide high degree of BOD/COD
destruction at high feed flow rates, with reasonably low
reactor volume requirement. The operating cost of the
reactor is much lower since the use of air compressors
has been dispensed with. The observations have been
substantiated both mathematically and experimentally.
What has been effectively demonstrated by all of the
above reported investigations is that semifluidization
technology can be successfully applied to industrial
wastewater treatment and also for the recovery of valuable products from industrial effluents. The operating
cost of these bioreactors shall be, however, higher since
the top packed section would offer additional resistance
to substrate flow. The overall economy of industrial
adaptation shall thus depend on how far the increased
operating cost is compensated by the improved performance characteristics of these bioreactors.

Inverse fluidized bed biofilm reactors for the
treatment/handling of industrial wastes /
effluents
Inverse fluidization is often a misleading terminology.
These bioreactors employ downflow of feed solution.
The particle-biofilm aggregates remain suspended in the
descending stream of substrate solution due to the fact
that the density of these aggregates (as selected) is lower
than that of the substrate solution (see Fig. 2). Polymer
beads that are lighter than water, are commonly
employed as support particles in these bioreactors. The
major advantage of these bioreactors lies in their low operating cost due to the downflow mode of operation,
which eliminates the pumping cost of the feed solution.
Experimental studies on aerobic wastewater treatment
in laboratory inverse fluidized bed biofilm reactors have
been reported by many authors [65–72]. Examples are
aerobic treatment of refinery wastewater (for dephenolization) and brewery wastewater [65–68], that of starch
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Fig. 2 Schematic of inverse fluidized bed biofilm reactor

wastewater [69, 70] and domestic wastewater samples
[71]. Experimental data reported by these authors are
encouraging, though are on laboratory bench scale. Removal of oil from wastewater in an inverse fluidized bed
column composed of aerogel granules has been reported
by Quevedo et al. [72]. The oil recovery from contaminated water has been reported to be around 95%.
Mathematical simulation of the performance of two
phase inverse fluidized bed biofilm reactors has been
attempted by Narayanan et al. [51] and Narayanan and
Das [73]. The PFDR approach has been employed here
with the developed software tested and verified using
lab-scale and pilot plant scale experimental data. The
case considered is lactic acid synthesis from cheese whey
and molasses and the hydrodynamic parameters associated with have been estimated from available experimental correlations such as those for the computation of
minimum inverse fluidization velocity [74–77] and the
height of the expanded bed [74, 78–80], the fractional liquid holdup being deduced from a solid balance. The
bioreactor has been observed to provide good performance, but relatively lower degree of bioconversion as
compared to semifluidized bed bioreactors and the reactor volume requirement is also relatively larger. For
example, 76–78% conversion of lactose/sucrose has been
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reported in a reactor column of diameter = 0.5 m and expanded bed height = 2.4 m at a feed flow rate of 59,000
L h− 1. The bioreactor, however, consumes lower operating cost and permits use of larger size support particles
(12.5 to 25.4 mm in size).
More elaborate studies on inverse fluidization technology shall be, no doubt, worthwhile since these systems
do have advantages of their own. At high liquid velocities, when hydrodynamic forces generated are of high
magnitude, the particle-biofilm aggregates would have a
tendency to settle to the bottom of the column and
thereby form a packed bed there. In such a situation, the
operation of the column shall resemble that of an inverse semifluidized bed. It shall be interesting to study
the performance characteristics of such a system and its
suitability for bioreactor design. This shall form a fertile
area for future research.

DSFF bioreactors for anaerobic waste water
treatment
DSFF bioreactors differ from conventional biofilm reactors discussed above with respect to the fact that these
bioreactors do not use any support particles. The biofilm
is formed on the inner surface or surfaces of one or
more vertical pipes or flow channels through which the
feed solution flows down (see Fig. 3). They are relatively
simple to construct and maintain and are of low operating cost due to downflow mode of operation.
Experimental studies on anaerobic biological treatment
of industrial effluents in DSFF bioreactors have been reported by Henze and Harremoës [81] and Samson et al.
[82]. Jovanovic et al. [83] compared the performance of
a DSFF bioreactor with that of an upflow anaerobic
sludge blanket (UASB) bioreactor, an upflow anaerobic
filter (UAF) and a fluidized bed biofilm reactor for the
anaerobic degradation of brewery wastewater. They report that both DSFF and UASB bioreactors provide the
same degree of COD removal (77%), while the other two
could contribute more than 90% BOD/COD removal. In
a similar experimental investigation, Hall et al. [84] has

Fig. 3 Schematic of DSFF bioreactor (showing only one flow channel)
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reported that for the treatment of pharmaceutical wastewater, typical values of BOD removal attained in DSFF,
UASB, UAF and fluidized bed biofilm reactor were 60,
76, 62 and 52%, respectively, at the same feed flow rate.
The UASB bioreactor, however, exhibited operational difficulties since the feed solution had a high concentration
of suspended solids, whereas the operation of the DSFF
bioreactor had been reportedly smooth and effective. Kennedy and Droste [85] have reported a large amount of experimental data on DSFF bioreactors dealing with
anaerobic treatment of waste effluents and have also proposed an approximate mathematical model on the performance of these bioreactors. However, they have
assumed 100% percent back-mixing in the bioreactor
(ideal CSTR concept) and have also neglected resistance
to substrate transport into the biofilm (η assumed to be
equal to unity), though the rate of detachment and attachment of biofilm have been separately accounted for.
An improved and more rigorous mathematical analysis
of the performance of DSFF bioreactors has been reported by Narayanan [86], which assumes dispersed flow
through the reactor tubes/channels, the degree of axial
dispersion being predicted by an appropriately defined
axial dispersion coefficient (DL). The influence of the effectiveness factor (η) has also been duly accounted for,
the computation of which being performed from Eqs.
(28) to (32). Bioconversion involving multiple substrates
and complex culture of microbes has been considered.
The computed results from the developed mathematical
model and pilot plant test data exhibited good agreement (with not more than ± 12% deviation).
Pandey and Narayanan [87] have successfully investigated the use of multichannel DSFF bioreactors for the
synthesis of lactic acid from industrial effluents (cheese
whey permeate and clarified molasses). Their study also
involves mathematical analysis (software development)
of bioreactor performance, followed by pilot plant experiments. A typical DSFF bioreactor with a 6.0 m long flow
channel (25.4 mm in diameter) reportedly provided
around 78% substrate conversion (lactose/sucrose
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conversion) at a substrate flow rate of 520 L h− 1. This is
when a single flow channel is used. When as many as 30
flow channels are employed (which is very usual), the
capacity of the reactor increases to 1560 L h− 1. As stated
earlier, the operating cost of this bioreactor is much
lower than that of fluidized bed and semifluidized bed
bioreactors.

Anaerobic waste water treatment in UASB
bioreactors
UASB bioreactors entered the industrial scenario relatively late, but quickly established their presence in the
arena of anaerobic wastewater treatment. They are
sludge bed reactors and they employ sludge granules,
which are minute colonies of several classes of microbes
that take part in the bioconversion. No support particles
are used, the microbial cells collect together and form
the sludge granules (the discrete phase). The reactor column consists of a sludge bed at the bottom and a sludge
blanket of larger height above it, which is composed of
gas bubbles (formed during the anaerobic process)
which carry a part of the sludge granules with them as a
wake or tail, apart from the substrate solution containing
suspended sludge granules. The sludge bed is, in fact, a
partially expanded bed. The major share of bioconversion occurs in the sludge blanket.
Industrial adaptation of UASB bioreactors has been
fairly rapid, mainly due to its simplicity of construction
(it is principally a tall, empty column) and due to the
fact that these bioreactors provide large degree of BOD
removal (more than 95%) even with high strength feed
stocks and at significantly large capacities. There are
around 800 UASB bioreactors that are reportedly operating in full capacity all over the world, out of which
around 80 are in India. All of them carry out anaerobic
biological treatment of industrial effluents (mainly from
breweries, distilleries, food processing and pulp and
paper industries). The principal drawback of these bioreactors is their substantially large startup time (quite
often amounting to several months) due to the fact that
formation of sludge granules (sludge granulation) is a
very slow, biological process.
Experimental studies on the performance of UASB bioreactors have been reported by several authors such as
those starting from Lettinga et al. [88] to others [89–92].
Satisfactory performance has been reported in all the cases
except for its enormously large startup time.
The mechanism of sludge granulation has been investigated by many researchers. A comprehensive survey on
the same has been presented by Liu et al. [93]. A number of parameters influence the granulation process such
as hydrodynamic forces, electrostatic and Van der Waals
forces, surface tensional forces and hydrophobicity of
microbial surfaces, chemical forces (hydrogen liaison,
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formation of ionic pairs) and biochemical forces (cellular
membrane fusion, production of extracellular polymers
and cell to cell interactions). However, none of the theories based on these parameters could explain the actual
mechanism of sludge granule formation satisfactorily,
though each of them does influence the process. The
overall observation is that microbial sludge granules are
syntrophic micro-colonies of different classes of microbes and sludge granulation is an evolutionary, biological process resulting from the natural tendency of
different categories of microbes to come together and
optimally organize themselves so that the biochemical
functions of all of them shall be performed most effectively in the most systematic order. Such a close synergistic relationship among different microbial groups is
essential for efficiently breaking down the complex organic wastes. Being a natural, evolutionary process, it is
extremely slow and this explains the large startup time
demanded by UASB bioreactors. This also explains why
sludge granulation occurs only in mixed (complex) culture of microbes.
So far, the tendency to form sludge granules has been
observed with anaerobic microbes only (aerobic microbes hardly exhibit this phenomenon). As a result,
these bioreactors are restricted to anaerobic treatment of
wastes/effluents.
Though the bioreactor is simple in construction and
operation, its performance analysis is relatively complex.
The simplest approach is to assume the UASB reactor to
be equivalent to PFR (sludge bed) and CSTR (sludge
blanket) in combination. Such a model, though easy to
handle, turns out to be too rudimentary on occasions
and fails to predict the reactor performance and its stability reliably. An improved approach is to assume the
bioreactor to be equivalent to a PFDR [94, 95] with a
specified average value of axial dispersion coefficient.
However, the performance features of the sludge bed
and those of the sludge blanket are not fully comparable
(one is a partially expanded bed and the other is equivalent to a three phase fluidized bed) and consequently, it
is observed that though this model exhibits good compatibility with industrial data, model results do deviate
from real-life data in specific cases. It shall be most innovative therefore to model UASB bioreactor as equivalent to two PFDRs in series [96], PFDR 1 representing
the sludge bed and PFDR 2 standing for the sludge blanket. This PFDRs in series model [96] provides fairly accurate predictions on the performances of many
industrial UASB bioreactors and could be used with
confidence for the installation of new reactor columns
and also for modifying the design of existing ones.
Attempts towards diversification of utilization of
UASB bioreactors to alternate applications (other than
anaerobic digestion of industrial effluents) including
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Table 1 Comparison among bioreactors
Bioreactor

Merits

Limitations

Stirred tank

Simple in construction and operation. Uses suspended growth of
microbes. Suitable for aerobic and anaerobic processes.

Restricted to low capacities.

Trickle bed biofilm
reactor

Use of attached growth of microbes. Low operating cost due to down
flow mode of operation. High cell mass concentration in biofilm
promotes rate of bioconversion.

Mainly for aerobic BOD removal. Low capacity due
to low feed flow rate maintained.

Moving bed biofilm
reactor (slurry
reactor)

Heterogeneous version of stirred tank. High cell concentration in
biofilm promotes rate of bioconversion

Capacity wise inferior to column reactors. Biofilm
could get disturbed due to high rate of agitation.

Fluidized bed
biofilm reactor

Operates at high capacities, provides high degree of bioconversion.
Once fully fluidized, pressured drop across the bed remains constant
and does not increase with increase in feed flow rate. Degree of
bioconversion increases with increase in feed flow rate due to bed
expansion

Entrainment loss of particle-biofilm aggregates possible. Operating cost higher than trickle bed (packed
bed).

Semifluidized bed
biofilm reactor

Higher degree of bioconversion (than fluidized beds) at higher
capacities and low reactor volume requirement. Degree of
bioconversion increases with increase in feed flow rate, even if reactor
volume is kept constant.

Higher operating cost than fluidized beds.
Continuous, circulating mode of operation not
possible.

Inverse fluidized
biofilm reactor

Low operating cost due to down flow mode of operation. Larger size
particles could be used. Reasonably large degree of bioconversion.

Lower capacity than fluidized /semi-fluidized bed.
Larger reactor volume requirement

DSFF bioreactor

Simple in construction and operation. No support particles required.
Low operating cost due to downflow mode of operation. Multiple
tubes / columns could be used to increase capacity.

Presently restricted to anaerobic operation. Large
reactor volume requirement at high capacities.

UASB reactor

Simple in construction. No support particles used. Provides substantially Restricted to anaerobic processes, employing
high degree of bioconversion at distinctly high capacities and even
complex culture of microbes. Enormously large
with high strength feedstock.
startup time.

hydrogen production shall certainly be worthwhile and
this would form a potential area for future research.
An interesting modification of UASB reactor is the
expanded granular sludge bed (EGSB) reactor. In
these reactors, the feed solution is admitted from the
bottom at a larger velocity and as a result, the sludge
granules remain partially fluidized in the upflowing liquid stream. The granules remain suspended in the
ascending liquid and thus form an expanded or fluidized bed, which permits more uniform dispersion of
sludge granules. At the top of the reactor, there is a
chamber of larger cross-section, which acts as a gasliquid-solid separator. The biogas goes out through
the top outlet (through the gas cap) and the treated
liquid effluent is discharged through a side outlet.
Due to the increase in cross-sectional area, liquid
velocity drops and the sludge granules settle down,
back to the reaction zone (expanded bed). The EGSB
design is particularly suitable for handling medium
strength feedstock or those containing inert or poorly
biodegradable particles that could otherwise clog the
sludge bed of an UASB reactor. A rigorous computeraided analysis and simulation of the performance of
EGSB reactors has been reported by Narayanan and
Narayan [97]. Here also, the analysis is based on
PFDR approach. The results from the software
package have been adequately verified by comparing
with pilot plant test data.

Comparison among bioreactors
A broad comparison among the different bioreactors described above is presented in Table 1. This table summarizes the specific merits as well as limitations of each
bioreactor.
Conclusions
Wastewater treatment processes have come a long way
and many newer and novel approaches have been developed in this connection during the recent years. Coupling of wastewater treatment with waste utilization is a
very attractive proposition and the different processes/
equipment (bioreactors) developed for the same are surveyed in this paper. It is observed that different types of
bioreactors with attractive characteristics have been developed by various researchers and their industrial adaptation must be strongly recommended. It is also
observed that clubbing of different technologies (such as
LPO technology) with conventional wastewater treatment processes would also be highly promising and attempts in this connection must also be very much
encouraged.
Nomenclature
a specific interfacial area for mass transfer, m2 m−3
CA concentration of unionized acetic acid in solution, g L−1
CN concentration of hydrogen peroxide, M
CN0 concentration of ammonia in solution, g L−1
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CS substrate concentration in liquid, g L−1 or M
CSe substrate concentration in product solution, g L−1 or M
CSO substrate concentration in feed solution, g L−1 or M
CSP substrate concentration at biofilm-liquid interface, g L−1
or M
Cg concentration of carbon dioxide in gas space, M
CgL concentration of carbon dioxide in solution, g L−1
dP diameter of support particle, m
dPm diameter of particle-biofilm aggregate, m
D diameter of bioreactor column, m
De effective diffusivity of substrate into biofilm, m2 s−1
DL axial dispersion coefficient, m2 s−1
DLP axial dispersion coefficient for packed section, m2s−1
DLf axial dispersion coefficient for fluidized section, m2 s−1
D1, D2 minimumand maximum diameter respectively of
diverging-converging column, m
f volume fraction of biofilm in particle-biofilm aggregate,
m3 m−3
He Henry’s law constant, M kPa−1
kd endogenous decay coefficient, s− 1
kL liquid phase mass transfer coefficient, m s− 1
K1 equilibrium constant for carbon dioxide dissolution, M
Ka ionization constant of acetic acid, M
KC Contois kinetic constant, dimensionless
KN LPO utilization coefficient, g L−1 or M
KS kinetic constant, g L−1 or M
KSi substrate inhibition coefficient, g L−1 or M
L∗ characteristic dimension of particle-biofilm aggregate, m
Lf height of fluidized bed, m
LP height of packed bed/section, m
LS height of initial static bed; segment length of
diverging-converging column, m
LSf total height of semifluidized bed, m
pC partial pressure of carbon dioxide in gas space, kPa
Q rate of production of biogas, m3 s−1
Qo volume flow rate of substrate (feed) solution, m3 s−1
( − rS) (int) intrinsic rate of bioconversion, g L−1s−1 or M s−1
R bed expansion ratio, dimensionless
RC net rate of production of carbon dioxide in solution,
m3 s−1
U(sup) superficial velocity of substrate solution through
the reactor column, m s−1
UL actual velocity of liquid, m s−1
Umf minimum fluidization velocity of liquid in liquid –
solid fluidized bed, m s−1
ULmf minimum fluidization velocity of liquid in three
phase fluidized bed, m s−1
V reactor volume, m3
xf biomass (cell mass) concentration in biofilm, g L−1
xe biomass (cell mass) concentration in product solution,
g L−1
Y overall yield coefficient for cell mass production, mg mg−1
YC yield coefficient for carbon dioxide production,
mol mol−1
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Ye trueyield coefficient for cell mass production, mg mg−1
Ym yield coefficient for methane production, mol mol−1
α fractional conversion of substrate, dimensionless
β parameter defined in Eq. (23), dimensionless
δ biofilm thickness, m
εf total voidage offluidized bed, dimensionless
ɛfg fractional gas holdup in fluidized bed, dimensionless
ɛfL fractional liquid holdup in fluidized bed, dimensionless
εP total voidage of packed bed/section, dimensionless
ɛPg fractional gas holdup in packed bed/section,
dimensionless
εPL fractional liquid holdup in packed bed/section,
dimensionless
η effectiveness factor, dimensionless
θ angle of convergence/divergence, degrees
μL liquid viscosity, kg m−1s−1
μm maximum specific growth rate, s−1
ρg molar density ofbiogas, mol m−3
ρL liquid density, kg m−3
ρm density of microbial solution, kg m−3
ρS density of support particle, kg m−3
τ space time, s
∅ Thiele-type modulus, dimensionless
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